Introduction
In the middle of the 20 th century, a collective interest in the human effect on the environment had begun to emerge. In the fields of air conditioning and refrigeration, environmental issues of stratospheric ozone depletion and global warming have been the primary motivations for recent researches. The traditional refrigerants, i.e., chlorofluorocarbon (CFCs) and hydrochlorofluorocarbon (HCFCs) fluids, were banned by the Montreal Protocol (1987) 1 because of their contribution to the depletion of the stratospheric ozone layer. As a consequence, considerable research effort was devoted to the development of environmentally safe refrigeration systems using working fluids the selection of which must be based on three factors: safety (toxicity and flammability), environmental impact (stratospheric ozone and climate change) and performance (cooling and heating with required capacity, energy efficiency, critical and boiling temperatures).
Natural fluids such as carbon dioxide (CO 2 ) which is a well-known refrigerant is considered as an appropriate alternative to chlorinated substances 2 . Since CO 2 is a component of air, obtained from atmosphere itself by fractionation, it would have no impact on global warming (apart from for the energy consumption associated with the fractionation process) and no effect on ozone depletion (Ozone Depletion Potential (ODP) = 0) 3 . CO 2 which is an inert gas, has many excellent advantages in engineering applications, such as no toxicity, no inflammability, higher volumetric capacity, lower pressure ratio, better heat transfer properties, easy availability, lower price, no recycling problem and complete compatibility with normal lubricants 3 . However, and despite its interesting thermodynamic characteristics, the use of CO 2 limits come from its relatively low critical coordinates (T C = 304.21K, P C =73.81 bar) 4 requiring the design of systems operating in a trans-critical cycle reaching very high pressures or a cascading cycle.
Furthermore, hydrofluorocarbons (HFCs) which are derived from the partial substitution of hydrogen by fluor in the molecules of hydrocarbons have been mainly chosen to replace
CFCs and HCFCs in refrigeration and air conditioning due to high merits in safety, performance and no effect on ozone depletion 5 . Indeed, according to the Kyoto Protocol (1997), most hydrofluorocarbons have large Global Warming Potentials (GWPs) and therefore provide a non-negligible, direct contribution to global warming when leaked to the atmosphere. HFCs have been also identified for use as separating agents in solvent extraction processes in the petrochemical industry. They are generally low in toxicity, are easily recycled, have high stability and are seen as a safer alternative to challenge organic solvents such as hydrocarbons or alcohols [6] [7] .
Mixtures of CO 2 and HFCs may be promising refrigerants since they can contemporarily reduce the problems connected to high operating pressure of CO 2 and large Global Warming Potentials of HFCs. Supercritical CO 2 and HFCs are being considered as ozone-depleting chemicals replacements due to their zero ozone-depletion potential, nonflammability, low toxicity, and high compatibility 7 .
Many measurements of binary Vapor-Liquid Equilibrium (VLE) for systems containing CO 2 with HFCs have been previously undertaken by A.Valtz et al. [8] [9] [10] , F. Rivollet et al. 11 , C.
Duran-Valencia et al. 12 and K. Jeong et al. 13 . To the best of our knowledge, no vapor-liquid equilibrium data for the binary mixture CO 2 -R365mfc are available in the open literature.
In the present work, this binary mixture was studied. The R365mfc, which is a flammable fluid, was chosen for its non-toxicity, its good environmental compatibility; zero ODP and moderate GWP (GWP = 790 over a time horizon of 10 years) and especially for its relatively high critical conditions (Tc = 460K, Pc = 3.266 MPa) 4 enabling it to adapt, easily, in applications with condensation temperatures above 90°C. This volatile liquid (low boiling temperature T B = 40°C
13
) is an uncommon compound, EL Ahmar et al. 14 
Apparatus description
The apparatus used in the measurements is based on the "static-analytic" method. The apparatus is similar to that described by Valtz et al. 8, 20 .
The equilibrium cell was immersed inside a temperature regulated liquid bath. The temperature of the equilibrium cell was measured with two platinum resistance thermometer probes (Pt-100) inserted into the walls of the equilibrium cell. These Pt100 probes were France. The TCD was calibrated by repeated injections of known amounts of each pure component into the injector of the gas chromatograph using a gas tight syringe. To estimate the uncertainties in temperature, pressure and composition, the guidelines of NIST 21 were followed. The uncertainty estimation procedure is fully described by Zhang et al. 22 . Both measurements repeatability and calibration uncertainties were taken into account. All the expanded uncertainties (U(x 1 ), U(y 1 ), coverage factor, k=2) for experimental data are reported later on. The resulting accuracies of pressure and temperature in this work were ±0.004 MPa and ±0.04 K, respectively.
Experimental procedure
At room temperature, the equilibrium cell and its associated loading lines were evacuated with a vacuum pump.. The cell was then loaded with given quantity (approximately 5 cm 3 ) of the compound having the lowest vapor pressure (R365mfc). The liquid was degassed by periodically removing vapor phase through an overhead valve, while heating to the desired temperature. Then CO 2 was introduced stepwise, leading to successive equilibrium mixtures of increasing overall CO 2 content. After each new CO 2 loading, equilibrium was assumed when the total pressure remains unchanged to within ±1.0 kPa during a period of 30 min under efficient stirring.
For each equilibrium condition, at least five samples of each phase (vapor and liquid)
were withdrawn using the cappillary samplers ROLSI ®, 23 and analyzed in order to check the repeatability of that measurement.
Modeling
For binary mixture modeling, the critical parameters (temperature (T C ) and pressure (P C )), and acentric factor () for each pure component are provided in Table 1 4 . With a φ -φ symmetric approach, experimental data were correlated using in-house software developed at CTP. The thermodynamic model which is presented in appendix A is based on the Peng
Robinson cubic equation of state (PR EoS) 16 with the Mathias-Copeman alpha function 17 , the Wong-Sandler mixing rules 18 incorporating the NRTL activity coefficient model 19 . The
Mathias-Copeman coefficients for the PR EoS are presented in Table 2 4,14 . The interaction parameters ( ij  and ji  ) are adjusted directly utilizing the measured VLE data through a modified Simplex algorithm 24 using the following objective function: Where N is the number of experimental data points, x, y are liquid and vapor phase mole fractions, respectively, exp and cal are subscripts denoting experimental and calculated, respectively.
4.
Results and discussion
Vapor-Liquid Equilibrium data
Vapor-liquid equilibrum data for the binary mixture, CO 2 (1) -R365mfc (2) Table 3 and plotted in Figure 1 , the mixture shows a strong negative deviation from the ideality (the vapor pressure of the mixture is lower than expected from Raoult's law). This can be attributed to the large dipole moment of the R365mfc (μ 365mfc = 3.807 Debyes 4 ) and quadrupole moment of CO 2 which cause the increase of intermolecular attractive forces between the two components of the mixture. The phase diagram of the CO 2 (1) -R365mfc (2) mixture is a type I in the Scott and van Konynenburg six types classification with one critical line joining the CO 2 and R365mfc critical points.
To quantify the fit of the model to the experimental data, the deviations, AADU (average absolute deviation), RDU (relative deviation) and ARDU (average relative deviation) were determined for both the liquid and vapor phase mole fractions. The deviations are defined by:
Where N, exp, cal as defined previously and U= x 1 or y 1 .
These indicators which give information about the agreement between model and experimental results are presented in Table 4 . Generally, the model gives a good fit of the experimental data for both liquid and vapor compositions as shown in Table 4 .
The relative volatilities were computed by means of the model and compared to the experimental values. Figure 2 shows the composition dependency of the relative volatility for the six measured isotherms. It can be seen that the separation factor α 12 for the mixture CO 2
(1) -R365mfc (2) decreases with increasing the temperature and the CO 2 composition.
Although the shape of the curves appears to be the same, the alpha values calculated by the model are lower than those determined from the experimental data, especially at low CO 2 concentrations because of the uncertainties on vapor composition caused by the large differences in volatilities between the two substances.
Binary interaction parameters τ 12 , τ 21 and k ij for the WS mixing rules are given in Table 5 and plotted in Figures 3, 4 and 5. As it was observed in previous studies [8] [9] [10] [11] [12] [13] , the parameters τ 12 , τ 21 and k ij behave differently below and above the critical temperature of the volatile component (CO 2 ). So it would be totally wrong to extrapolate temperature dependent binary parameters (adjusted only at temperatures above or below the lighter component's critical temperature) to temperatures at the other side of the critical point. Also, parameters have been adjusted using all the data for T>T C of CO 2 . The results are presented in Table 5 . These parameters are used to compute the critical line.
Critical point determination
Methods to calculate critical points were proposed by Heidemann and Khalil 25 in 1980
and Michelsen and Heidemann 26 in 1981. These authors assumed that the stability criterion for an isothermal variation between an initial stable point and a very close new one can be explained with a minimum of the Helmholtz energy (eq.06) and they considered that the volume variation at the critical point was constant.
In this method the Taylor series expansion of the Helmholtz energy A was used around the stable state at constant total volume V (eq.07). behaviors of mixture were estimated at each temperature by using power laws with asymptotic behavior at critical point [28] [29] [30] [31] with the experimental data highly close to the critical point. The obtained results are presented in Table 6 .
Conclusion
In this paper, Vapor-Liquid Equilibrium (VLE) data for the mixture (CO 2 + C 4 H 5 F 5 ) are presented at six isotherms: three isotherms below and three above the critical temperature of CO 2 . This mixture has not been previously studied and the measurements represent novel data in the open literature. The experimental setup using a "static-analytic" method is completely described and the uncertainties in the experimental data are also given for the temperature, the pressure and the equilibrium phase moles fractions. The experimental data were well correlated using in-house thermodynamic software based on the Peng- 
where T C and P C are the critical temperature and pressure, respectively and T R is the reduced temperature. Wong-Sandler mixing rules is represented as:
for the PR EoS, and ij k is the adjustable binary interaction parameter.
In this study, we have used the NRTL activity coefficient model to calculate the excess Gibbs energy: Table 1 . Critical properties and acentric factors for each pure component 4 . Table 2 . Mathias-Copeman coefficients for the PR EoS. Table 3 . Vapor-liquid equilibrium pressure and phase compositions for the CO 2 (1) + C 4 H 5 F 5 (2) binary mixture. composition: y for vapor phase and x for liquid phase, n: samples number). U(T)= 0.04 K, U(P)=0.004 MPa., U(x), U(y) (U: expanded uncertainties for a 0.95 confidence level (k=2)). Table 4 . Deviations BIAS, AADU, ARDU and MRDU (maximum RDU) obtained in fitting experimental VLE data with PR EoS, Mathias-Copeman alpha function and WS mixing rules involving NRTL model for the CO 2 (1) + C 4 H 5 F 5 (2) binary mixture. Table 5 . Model parameters regressed for the PR EoS with the Mathias-Copeman alpha function and the WS mixing rules incorporating the NRTL activity coefficient model for the CO 2 (1) + C 4 H 5 F 5 (2) binary mixture. Table 6 . Determination of critical points using power laws with asymptotic behavior for the CO 2 (1) + C 4 H 5 F 5 (2) binary mixture. Experimental and correlated VLE data
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